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HYDROCARBOJNL-SYNTHESIS PROCESS USING A HYDROCARBON 
SYNTHESIS CATALYST AND AN ACIDIC CATALYST 



Technical Field 

5 

This invention relates to a hydrocarbon synthesis process and more particularly 
to such a process wherein a hydrocarbon synthesis catalyst and an acidic 
catalyst is used. The process is particularly, but not exclusively, suitable for 
producing liquid fuel. The process is also suitable for producing hydrocarbons 
1 0 rich in aromatics such as benzene, toluene and xylenes or hydrocarbons rich in 
branched hydrocarbons or rich in olefins. 

Background Art 

1 5 Fischer-Tropsch processes for hydrocarbon synthesis from CO and H 2 (syngas) 
are known to produce gaseous and liquid hydrocarbons as well as oxygenates 
which, in general, follow the well-known Anderson-Schulz-Flory product 
distribution. 

20 These reactions can be carried out in fixed, fluidised or slurry bed reactors. The 
production of olefins and liquid fuels, especially in the gasoline range products, 
is most favoured by synthesis carried out in a two-phase fluidised bed reactor 
operating at 350°C and 20 bar or higher pressures and usually utilising a fused 
alkali promoted iron catalyst. This is known as a high temperature Fischer- 

■■■\ 

i 



WO 03/087266 



PCT/ZA03/00052 



2 

Tropsch process. 

In terms of the ideal Anderson-Schulz-Flory product distribution it is clear that 
the gasoline (C 5 to Cn) and diesel (C12 to C 18 ) selectivities are limited to values 
5 of about 48% and 25% respectively, while combined liquid fuels selectivity has a 
maximum value of around 65%. In a high temperature Fischer-Tropsch process 
performed in a fluidised bed reactor, the optimum liquid fuel yield might not be 
realised, thus resulting in a lower liquid fuel selectivity. In addition to this 
relatively low liquid fuel yield, the Fischer-Tropsch process has a further 
10 disadvantage in that the product spectrum mainly consists of linear 
hydrocarbons. This is a disadvantage with respect to gasoline quality, since 
linear molecules have a very low octane number. Fischer-Tropsch gasoline 
thus requires either further work-up to convert the product to one with a higher 
octane number, or the addition of high-octane compounds to the gasoline pool. 

15 

It is known that the Fischer-Tropsch product spectrum can be worked-up to high 
octane gasoline range fuels by using an acidic catalyst such as a zeolite 
catalyst. Such a work-up has the disadvantage that it adds to the production 
costs of the liquid fuel. 

20 

In order to reduce the above disadvantage it has been attempted to combine a 
Fischer-Tropsch catalyst with a zeolite catalyst in order to prepare high octane 
gasoline range fuels directly from CO and H2. In such a system the idea is that 
the Fischer-Tropsch catalyst should catalyse the conversion of CO and H 2 to 
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hydrocarbons, and the acid catalyst should convert the resulting olefinic and 
oxygenated hydrocarbons to gasoline range products that are highly branched 
and high in aromatics. 

5 US 4 086 262, US 4 279 830, US 4 361 503, US 4 269 783, US 4 172 843, US 
4 463 101, US 4 298 695, US 4 304 871, US 4 556 645, US 4 652 538 all 
disclose the combined use of a hydrocarbon synthesis catalyst and an acidic 
catalyst in the preparation of hydrocarbons from syngas. The two catalytic 
functions have been combined in a variety of ways, ranging from a single 
1 0 reactor containing both catalytic functions to a dual reactor arrangement with 
the two catalytic functions in subsequent reactors. Different reaction conditions 
and different catalysts are disclosed in these patents. 

It is recognised (eg. US 4 298 695) that the addition of alkali promoters to the 
1 5 iron based Fischer-Tropsch catalyst in a bi-functional process (Fischer-Tropsch 
catalyst and acidic catalyst) is undesirable, since these promoters tend to 
migrate to the acidic catalyst with a resultant poisoning of the acid sites. 
However, it is known that iron based Fischer-Tropsch catalysts with a low 
alkaline promoter level tend to produce light hydrocarbons that are not desirable 
20 for gasoline production since they do not fall in the gasoline range of C5 to Cn 
and are also not easily converted to this range. 

Therefore, should a low level of alkali promoter be considered in the production 
of liquid fuel from syngas, the reaction conditions would be selected to produce 
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a heavier hydrocarbon product despite the low alkali level. It is,well-known that 

a high H2 ; CO ratio in the feed favours products; whichvare .not desirable for! 

gasoline production. Accordingly if a low level of alkali promote!" M <&nsidered t a 

relatively low H 2 : CO ratio in the feed will be cdnsidered to aydjd production of I 

excessively light hydrocarbons. 

; i : *. . 

Surprisingly it hps now been found that if hydrocarboh syhth^sis of. syngas is:! 

carried out in the presence of a hydrocarbon synthesis catalyst arid an acicT 

catalyst tinder conditions where; - 

I) th© hydrocarbon synthesis catalyst includes a* low level of alkali rnetal;.and ; 

\l) the tiydrogen to carbon monoxide ratio of ;the - syngas - feed stream is 

relatively high, 

a hydrocarbon product is produced that is suitable foriuse^ gasoline,. This Is 

.... 

true even if the synthesis is carried out under high tiemperaturo.fischer--Trppsch ; . ♦ 
conditions. 

« * * * . 

Disclosure of the Invention 

According to the present invention there is provided a hydrocarbon synthesis 
pfocess comprising, the conversion of a feed of H 2 and 'at least- one carbon • 
oxide to hydrocarbons containing at least 30% oirna mass basis hydrocarbons*; • 
wrth five pr more carbon atoms (hereinafter referred to as .Os+tbmpounds)^ the j 
.conversion being carried out in the presence* !of an alkali-promoted iron : • 
hydrocarbon synthesis catalyst and an acidic catalyst suitable;for converting: : 




Fax: 10 Mar 2004 09:58 P. 15 

5 ': . • • . 

hydrocarbons; and the process being characterised .therein that the reaction : 
mixture formed during the conversion contains lesjs:than 0.02 ipol alkali metal : 
per loog iron and that the H 2 : carbon oxide molar ratio in the feed of H 2 and , : 
carbon oxide is at least 2. 



. The synthesised hydrocarbons preferably contain,: on a. mass basis, at least ; 

36%, more preferably at least 40% and most preferably .at .least 50%,. '. 

compounds. Preferably, the process is for producing liquid ;fuel f especially 

gasoline and preferably unleaded gasoline. The process may also be usedrfor. 

10 producing hydrocarbons rich in aromatics such? as benzene, ..toluene and 
* * * • - • 

xyjenes and/or hydrocarbons rich in branched hydrocarbons and/or rich in: : 

olefins. 



15 



The hydrocarbon synthesis process may comprise' a Fischer-Tnspsch prpcess, 
preferably a high temperature Fisher-Tropsch process. The temperature range 
may be between 250"C and 400"C, typically from 3o6°C;tq 3WC, and even- 
from 330°C to 350°C. The pressure may be frpni 10 to 60 bar (1 to SMPa), : 
typically from 15 to 30 bar, and usually at about 20.bar. : 



20 Tfie at least one carbon oxide in the syngas preferably fcompiis.es CO. The 

; • h ' ■ ' . 

carbon olxide may comprise a mixture of CO and C0 2< 

The reaction may be earned out in any suitable reactor. It is foreseeri that it will 
- be carried out in a fluidised bed reactor, preferably in a fixed : fluidised be<*; 
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reactor. If the CO hydrogenation (hydrocarbon synthesis) catafyst;and the acidic : 
catalyst are contained on separate particles, the intentionife especially suited to * 
afluidised bed reactor, since there will not be extensive direct contact between ' 
tha different catalysts which will reduce migration of the^^!!:prornQters from-: 
the hydrocarbon synthesis catalyst to the acidic catalyst; thereby reducing the : 
detrimental results associated with such migrations : 

The hydrocarbon synthesis catalyst may comprise^any suitable aJkaTh-prarxioted : 

iron catalyst suitable for CO hydrogenation but preferably 1 :.rt comprises a . : 

Fischer-f ropsch catalyst. The iron catalyst pref erably composes a precipitated : 

iron catalyst, but it may also comprise a fused irorfcatalyst If the.process Is to.; 

be performed in a flitfdised bed reactor, the final cptaiyst may fee producad:£y 

means of a variety of known methods in order to obtain particles with* : 

acceptable fluidisation properties, such as crushing spray-dryiftg, etc. in order.: 

• ■ » ■ . . 

to.obfain a particle size distribution suitable for fluidisation; thejcatalyst maybe ; 

classified by means of known methods, such as sieving, cyclone classification, : 
etc. 

.* * • 

The iron catalyst contains at least one alkali promoter usually in Ithe fomi of an 

•*. * .* . 

alkali oxide. The alkali promoter preferably comprises potassium or sodium 1 
oxide. The catalyst may contain more than one alkali prornoter.rThe alkali can ; 
be added to the iron, by means various methods, :such as impregnation! of the, 
iron with the alkali, co-precipitating the alkali with jtfte iron,, fusing the iron and : 
the alkali, etc. The total alkali metal content (moif alkali metal, per lOOv'g iron) : . 
must preferably ; 
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be below 0.02, more preferably below 0.01 , and most preferably below 0.005. 



The iron catalyst may also contain other promoters. Certain promoters, for 
example Al, Ti, Cr, Mg, Mn and Ca can be added as structural promoters to the 
5 iron catalyst. Binders, such as silica or alumina, may also be added in case of a 
spray-dried catalyst. 

The acidic catalyst may comprise a zeolite. The zeolite may comprise a HZSM- 
5 zeolite. If the process is to be performed in a fluidised bed, the final acid 
1 0 catalyst may be prepared in any suitable known way in order to obtain particles 
with acceptable fluidisation properties. For example, the acid catalyst may be a 
spray-dried catalyst. A binder (such as silica or alumina) may also be added to 
the acidic catalyst. 

1 5 The silica / alumina ratio of the zeolite can be varied according to the product 
spectrum desired and the lifetime required for the catalyst. 

The hydrocarbon synthesis catalyst and the acidic catalyst may be combined in 
a variety of ways. It is foreseen that in a preferred embodiment of the invention 
20 the two catalytsts will be contained on separate particles and preferably contact 
between the particles containing the different catalysts should be limited. This 
will reduce migration of the alkali promoter to the acidic catalyst. However, it is 
foreseen that it may also be possible to combine the two catalysts into particles 
containing both catalytic functions. For example, the two catalysts may be 
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pressed into pellets or spray-dried to produce particles that contain both 
catalytic functions. The hydrocarbon synthesis catalyst may also be supported 
by the acidic catalyst. The iron may be loaded onto the acidic catalyst by 
means of a variety of art-recognised methods, such as precipitation, 
5 impregnation, chemical vapour deposition, ion exchange, etc. 

The ratio (by mass) of hydrocarbon synthesis catalyst to acidic catalyst is 
preferably at least 1 . 

1 0 The H 2 and carbon oxide feed is known as synthesis feed gas (or syngas) and it 
may also include other components, such as water vapour, Ar, ChU, light 
hydrocarbons, etc. 

The H 2 : carbon oxide molar ratio may be as low as possible at or above the 
1 5 ratio of 2. However it may be higher e.g. 2.2 and even as high as 2.6; 2.7; 4.4; 
4.5, 4.9; 5.0; and 5.8. 

The hydrocarbon products of the process may comprise mainly of branched 
paraffins and olefins, cyclic paraffins and olefins, and aromatics, but linear 
20 paraffins and olefins may also be present in the product spectrum. 

The invention also relates to hydrocarbons produced by the process 
substantially as described hereinabove. 



WO 03/087266 PCT/ZA03/00052 

9 

The invention will now be further described by means of the following non- 
limiting examples. 

Examples A 

5 Catalysts 

A fused iron catalyst containing low levels of alkali was employed as the syngas 
(H 2 and carbon oxide) conversion catalyst. The catalyst was prepared by 
adding the relevant promoters to oxidised mill-scale to obtain a dry mixture of 
1 0 the precursor material. This mixture was then fused in an electric arc furnace at 
a temperature of about 1 650°C. The molten material was cast as ingots. After 
cooling, the ingots were crushed, milled and then sieved to obtain a particle size 
fraction of 38 to 150 micron. The composition of the catalyst is presented in 
Table 1. 

15 

Table 1: Composition of fused iron catalyst 



Component 


Concentration 


Fe (mass %) 


70.8 


K(mol/100gFe) 


0.0064 


Na (mol/100gFe) 


0.0113 


Si0 2 (g/ 100g Fe) 


0.78 


Al 2 0 3 (g/IOOgFe) 


0.32 
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Both K and Na were in the form of their oxides namely K 2 0 and Na 2 0. 



The acidic catalysts comprised a "high alumina content" HZSM-5 zeolite 
(S1O2/AI2O3 molar ratio of 30) and a "low alumina content" HZSM-5 zeolite (Si0 2 
5 / AI2O3 molar ratio of 280) supplied by Zeolyst International. The Zeolyst 
International product numbers of the zeolites are CBV3024E and CBV28014 for 
the "high alumina content" and "low alumina content" ZSM-5 zeolites, 
respectively. The zeolites were in a powdered form and were used as such for 
the purpose of the microreactor experiments. The zeolites were supplied in 
1 0 the ammonium form (NH4ZSM-5) and prior to use they were calcined in air at a 
temperature of 500°C for 1 6 hours to convert them to the acidic form (HZSM-5). 

Reactor System 

1 5 A Berty microreactor was used. The catalyst inside a Berty microreactor is 
contained in a very thin bed. A fan, situated below this bed, circulates gas 
through the catalyst at a high rate. The reactor can therefore essentially be 
viewed as a short packed bed with an extremely high recycle ratio, and thus 
behaves approximately like a continuous stirred tank reactor (CSTR). Since the 

20 gas circulation through the catalyst ensures that there are no significant 
temperature or concentration profiles across the bed, this reactor is ideal for 
studying the highly exothermic high temperature Fischer-Tropsch (HTFT) 
reaction. It will be appreciated that a Berty microreactor is considered as a very 
good simulation of a fluidised bed reactor. 
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The main component of the Berty reactor feed during the examples was a 
commercial synthesis gas stream. Pure hydrogen and carbon dioxide were co- 
fed from bottles in order to obtain a total syngas feed to the Berty reactor that 
5 was rich in hydrogen. In addition, bottled argon was fed to the reactor, which 
served as an internal standard. The flow rates of the four feed streams were 
controlled by Brooks mass flow controllers. The composition of the total Berty 
feed is presented in Table 2. 

1 0 Table 2: Feed stream composition of Berty reactor experiments (volume 

%) 



Component 


Volume % 


H 2 


58 


CO 


12.5 


C0 2 


12 


CH 4 


5.5 


Ar 


12 



It will be appreciated that the above volume percentages are substantially the 
1 5 same as molar percentages since the gasses were at the same pressure. 

The effluent from the Berty reactor was passed through a two-stage knock-out 
system. In the first pot (hot knock-out pot), waxy hydrocarbons were 
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condensed. The amount of product drained from this pot, if any, was negligible. 
A second pot (cold knock-out pot) condensed the condensable hydrocarbons 
and reaction water, while the uncondensed effluent flowed to a vent system. 
The product sampling point was situated before the cold knock-out pot to 
5 ensure that a sample was taken of the comprehensive product spectrum. 
Samples were taken in glass ampoules for later GC analysis. The hydrocarbon 
product spectrum was characterised by means of a GC-FID analysis. 

Loading of the reactor 

10 

At the start of the experimental investigation, a baseline high temperature 
Fischer-Tropsch run was performed under the same conditions (including 
catalyst activation) as for the bi-functional catalyst but with 5 g of iron catalyst 
(unreduced weight) as the only catalyst. 

15 

The process runs according to the invention were performed with 5 g of iron 
catalyst (unreduced weight) and 5 g of "high alumina content" HZSM-5 zeolite in 
the one case and 5 g of iron catalyst (unreduced weight) and 5 g of "low 
alumina content" HZSM-5 zeolite in the other case. In both cases an iron 
20 catalyst layer was loaded on top of a zeolite layer and the layers were 
separated by a fine wire mesh thereby avoiding contact between the catalysts. 
It will be appreciated that the catalysts were present at the same time in the 
same reactor. 
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Catalyst activation and synthesis 
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The zeolites did not require any additional activation. The iron catalyst was 
reduced with a hydrogen feed of 1000 ml/min for 16 hours at a temperature of 
5 420°C prior to synthesis. Thereafter, the temperature was lowered to 330°C 
under a combined feed of argon and hydrogen. After the temperature had 
stabilised, synthesis commenced by setting all the mass flow controllers to the 
desired values in order to obtain the total feed composition presented in Table 2 
at a total flow rate of 1500 ml/min . During reduction and synthesis, the total 
1 0 reactor pressure was maintained at 20 bar. 

Results 

The results of the experiments are presented in Table 3. The product obtained 
1 5 from the process contains a vast number of components. However, only certain 
compounds that were unambiguously identified were presented to illustrate the 
benefits of combining an iron catalyst and an acid catalyst according to the 
invention. 



20 
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Table 3 : Results 



Experiment 


Baseline FT run 


Bifunctional 


Bifunctional ! 






process run 


process run 


Catalyst(s) 


Iron catalyst 


Iron catalyst + 
"high Al content" 
riz.oivi-o 


Iron catalyst + 
"low Al content" 

U7CM R 


Time on line fhl 
■ hi i \* \* 1 1 hi i\^ ii ii 


22 


6 


5 


(H 2 + CO) conversion [mol %] 


46.3 


28 


42.9 


(CO + C0 2 ) conversion [mol %] 


39.7 


29.6 


37.8 










Hydrocarbon product distribution 
[mass %] 








c, 


11.6 


16.8 


15.4 


c 2 


10.9 


5.5 


5.8 


c 3 


16.8 


11.8 


8.2 


c 4 


12.8 


16.8 


15.7 


c 5 


47.9 


ACl A 

49.1 


CA f\ 

54.9 


C 5 to Cn fraction 


40.7 


43.6 


53.1 


BTXE aromatics selectivity* 


0.8 


14.8 


7.8 










Aromatic content of C 6 -C 8 
product fraction [mass %] 


3.6 


70.9 


28 










I inpar C\* naraffins / branched Cc 
paraffins fmass/mass] 


0.88 


0.22 


0.45 


Linear C 6 paraffins / branched C 6 
paraffins [mass/mass] 


2.24 


0.14 


0.36 










Linear C 5 olefins / branched C 5 
olefins [mass/mass] 


4.21 


0.31 


0.32 


Linear C 6 olefins / branched C 6 
olefins [mass/mass/ 


2.75 


0 ** 


0.17 










* This refers to the mass percentage of all the C 6 to C 8 aromatics in the tota 
product spectrum 


hydrocarbon 


** Due to the small amounts of linear C 6 olefins present in the product, these compounds 
were not detected by the GC-analysis 



From the results it is clear that the process according to the invention produced 
a substantial amount of condensable hydrocarbons, even though the syngas 
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. feed to the reactor was rich in hydrogen and the alkali metal content" of the iron . 
a catalyst was low. The C 5 + selectivity was about 50;% for both. examples/of the . ; 
process according to the invention. ' . 

r « 

5/ It i? further clear that/the addition of an acidic catalyst tp-ihe Ffecher-Tropsch 

process increased the selectivity of the condensable .hydrocarbons.- The : 
.* selectivity of the G 5 + hydrocarbons increased significantly, especially In the case s 
. I of the "low alumina content" HZSM-5. The increase in the .CWto Ch fraction,: i 
which contains most of the gasoline range components; was even, more^ 
10: substantial. f 

The results also Indicate that the normal Fischeir-Tropsch [product consists : 

■ 

1 mainly of linear hydrocarbons and contains' littie .aromatic and branched; 

i*. ' • ♦ * * . 

..> • * 

compounds: Since .linear hydrocarbons have a vejyJow. octane value, they aref; 
15 undesirable as gasoline components. By adding an acid catalyst to the . 
process, the amount of aromatics in the product increased dramatically and the 
paraffins and olefins became substantially more branched, These effects are 

*"."*• - .***!* ; 

especially noted for the case of the "high alumina^content" HZS.M-5- 

•i " • /. 

20 The exarpples presented therefore clearly illustrate that the addition of an acidic; 
catalyst to the FJscher-Trospch process not only| increases the selectivity of . 
compounds that fall inside the gasoline range,;but also that an.MproVed 
gasoline fraction, containing substantially higher amounts of l?igh octane yalue \ 
cqmpbunds such as aromatics, branched paraffins and branched, olefins, Is i 
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♦ . * 

' - 

produced. • ! 

Examples B . 

• * * * ..* * • 

The additional examples are intended to demonstrate that th#. requirement that • 

the C 5 + hydrocarbon fraction of at least 30 mass % is satisfied at/the extremes.: 

of the.alkali metal content range (0.005 to 0.01 mOI:srikall.mef al/TOOg Fe). It is : 

also intended to demonstrate that this requirement is also satisfied at high; 

. hydrogen to carbon oxide ratios in the syngas. . \ : * 

Catalysts 

1 ! • 

Precipitated iron catalysts containing varying levels.of alkAfcwere employed as j 
the syngas, conversion catalyst The catalysts i were prepared by reverse: 

precipitation. For each preparation approximately 17^0 n?l : .25% aqueous 

.» ."* » 

ammonium: hydroxide (NH4OH) solution was added to 400 ml of ah 1 M* 

•* . « * * * 
aqueous, solution of, iron nitrate (Fe(N0 3 )3.9H20ji while stirring:. Precipitation. 

.,»..• : 

was allowed to occqr until a pH of 7. A 0,005 M pptasstuiti paiibpnate (KaCPa) i 
or sodium carbonate (Na^GCs) solution was added to the ' precipitate, ip: 
appropriate amounts to achieve the desired concentration of . promoter in eachi 
catalyst. The precipitate was dried at 130°C overnight, and dalpined at .350*0 1 
for four hours. The compositions of the catalysts;?are presented in Table 4, 

* : ■ •** I 
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Table 4: Composition of precipitated iron catalysts 



Catalvst 


Fe (mass %) 


K(mol/100aFe) 


Na miol/100aFe> 


PS01 


68.9 


0.0045 


0 


PS02 


68.7 


0 


0.0045 


PS03 


69.4 


0.009 


0 


PS04 


69.0 


0 ! 


0.009 



Both K and Na were in the form of their oxides namely K 2 0 and Na 2 0. 



5 The acidic catalyst comprised a "high alumina content" HZSM-5 zeolite 
(Si0 2 /Al20 3 molar ratio of 30) supplied by Zeolyst International. The Zeolyst 
International product number of the zeolite is CBV3024E. The zeolite was in a 
powdered form and was used as such for the purpose of the microreactor 
experiments. The zeolite was supplied in the ammonium form (NH4ZSM-5) 
1 0 and prior to use it was calcined in air at a temperature of 500°C for 1 6 hours to 
convert it to the acidic form (HZSM-5). 

Reactor System 

1 5 The reactor system was as described for examples A. 

The feed composition to the reactor was similar to the feed composition for 
examples A (Table 2), but individual gas flow rates were varied to achieve 
different hydrogen to carbon oxide ratios. The variation in the individual gas 
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flow rates also caused slight variations in the total gas flow rate. The feed 
composition and total gas flow rate for each run is given in Table 5. 

Table 5: Gas feed flow rate and composition for different experimental 
5 runs 



Run no. 


Total gas 




H 2 


CO 


co 2 


CH 4 


Ar 




H2/(CO+C02) 














flow rate 




(vol. 


(vol. 


(vol. 


(vol 


(vol 




(ml/min) 


volume ratio 


%) 


%) 


%) 


%) 


%) 


1 


1476 


2.7 


60.3 


13.8 


8.3 


5.3 


12.2 


2 


1381 


4.5 


66.3 


14.4 


0.3 


5.9 


13.1 


3 


1498 


2.7 


60.4 


13.0 


9.4 


5.2 


12.0 


4 


1335 


4.5 


66.1 


14.2 


0.4 


5.8 


13.5 


5 


1590 


5.8 


71.4 


12.0 


0.3 


4.9 


11.3 


6 


1486 


2.6 


59.5 


13.4 


9.7 


5.3 


12.1 


7 


1353 


4.4 


65.9 


14.6 


0.4 


5.8 


13.3 


8 


1449 


4.9 


68.2 


13.6 


0.3 


5.5 


12.4 


9 


1507 


2.6 


59.6 


13.2 


10.0 


5.3 


12.0 


10 


1365 


4.4 


66.1 


14.5 


0.4 


5.9 


13.2 


11 


1474 


5.0 


68.8 


13.3 


0.4 


5.4 


12.2 



It will be appreciated that since the H 2 , CO and C0 2 were at the same pressure 
H 2 /(CO + C0 2 ) will be the same whether it is expressed as volume or moles. 
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The effluent knock-out, sampling and analysis were as for examples A. 

Loading off the reactor 

5 The reactor was loaded as for examples A. 

Catalyst activation and synthesis 

Activation and synthesis conditions were as for examples A. 

10 

Results 

The results are presented in Table 6. 

15 



20 
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Table. 6:. The Influence of alkali metal level and hydrogen/carbon oxide: 
ratio on the selectivity for C 6 -»- (mass %) 



Catalyst 1 
No. 



Alkali 



Alkali metal 

Concentration 

(mol/100gFe) 



Run rib. 



H £ /(CCMjCQs>) 
ratio 



(mass 



PS01 : 



K 



0.0045 



2.7 



4.5. 



41 



32 



PS02. 



Na 



0.0045 



2.7; 



4.5 



5.8. 



43 



35 



30 



PS03 



K 



0.009 



8 



2.6 



4.4 



4.9. 



53" 



46 



41 



PS04-. 



Na 



0.009 



9 



2.6 



10 



4.4 



11 



5.0 



56 



49 



45 



It is clear that at alkali metal levels between 6:0045 . and 0.009 mol alkali:; 
m.etaift Op g Fe, and at hydrogen to carbon oxide feed ratios of Up to 5 .or. more: 
the requirement of >30 % C 5 + selectivity is satj 



